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Deep desulfurization of middle distillates:
process adaptation to oil fractions’ compositions
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Abstract

The influence of oil fractions’ compositions on the conversion of sulfurous components was investigated in a trickle-bed
reactor in laboratory scale. A commercially available NiNt@#l ;O3 catalyst was used throughout the investigations. Experi-
mental results including sulfur conversion of different oil fractions and residence time distributions under reacting conditions
are presented. The hydrogen consumption is ascribed to the conversion of sulfur and of nitrogen, to the hydrogenation of
aromatics and to hydrocracking based on a simulation applying ASPER.Rlagous configurations of the desulfurization
process are evaluated but no advantage is found by separate treatment of individual oil fractions. In addition, experiments
were carried out to determine liquid distribution and wetting efficiency in a catalyst bed by using magnetic resonance imaging

(MRI) technique.
© 2003 Elsevier Science B.V. All rights reserved.
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1. Introduction

Hydrodesulfurization has been used in refineries for
over 50 years to reduce the sulfur content in diesel
fuel to match the applicable legal specifications. En-
vironmental consideration is the major driver for the
reduction of the maximum allowable sulfur content.
In future so called zero sulfur fuels (below 10 ppm S)
will be required for the application of new exhaust gas
cleaning technologies introduced by automobile man-
ufacturers[1]. As a consequence, refineries need to
increase again the conversion in their desulfurization

energy, a proper process understanding of dehydro-
genation reactions and reactor hydrodynamics is nec-
essary.

From gas phase experiments it is known that the
hydrogenation of specific sulfur compounds or groups
is heavily affected by the base oil's composition
(“matrix”). The matrix effect may lead to differences
in reaction temperature necessary for 50% conversion
of up to 40°C. The influence of the oil matrix could
well be correlated with the total sulfur content of the
base oil[2]. The authors suggest that polyaromatic
sulfur compounds, by addition of one hydrogen atom,

processes. To achieve higher conversion without ex- react to rather stable, strongly chemisorbed interme-
cessive increase in the consumption of hydrogen and diates producing an inhibiting effect.

* Corresponding author. Tel+49-721-608-2575;
fax: +49-721-606-172.
E-mail address: ngoc-luan.nguyen@ciw.uni-karlsruhe.de
(N.L. Nguyen).

To exploit these findings for the design and the op-
eration of commercial units, modeling of the reactor
and the process is necessary. Due to the complexity of
the reaction system only modeling of part of reaction
is normally considere{B].
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Nomenclature

ap specific gas-liquid interface (M)

A surface area ()

Ar—N aromatic nitrogen compound

Ar-S aromatic sulfur compound

Bo Bodenstein numbeul/Daxial of liquid)

c concentration (kmol//)

(c/co)step Squalan concentration to inlet
concentration

Ccrack cracking product compound

C hydrocarbons

d diameter (mm)

Daxial axial effective diffusivity (n#/s)

F mass flow rate (kg/h)

hp enthalpy change of total mixture
with temperature (kJ/kmol K)

AH heat of reaction (kJ/kmol)

k reaction rate coefficient
(tkmol/ (kgea 1> ")

ki mass transfer coefficient gas to
liquid (kmolPZ" m3Ln /kgcath)

K adsorption coefficient (Atkmol)

L total reactor length (m)

LGO light gasoil

LHSV  liquid hourly space velocity (h')

Meat total catalyst mass (kg)

M molecular weight (g/mol)

n reaction order

N mole flow rate (kmol/h)

p total or partial pressure (bar)

Q volumetric flow rate (r#/s)

r rate of heterogeneous reaction
(kmol/kgeath)

Re Reynolds number

SGO heavy gasoil

t residential time (h)

t1/2 mean residential time (h)

T temperature°C)

u superficial velocity (mm/s)

X conversion (%)

y volume percent (%)

z axial coordinate along the length
of the reactor (m)

Greek letters

B liquid saturation, dimensionless

Bh liquid holdup, dimensionless

y wetting efficiency, dimensionless

s fractional volume of catalyst in the
packed reactor bed,
[Veat/ (Veat + Vinerv)],
dimensionless

n viscosity (N s/m)

v stoichiometric coefficient, dimensionless

0 density (kg/nd)

Subscripts

b bulk

Di diaromatic

g gas

I liquid

Mono  monoaromatic

N at normal conditions

Naph naphthalene

p particle

Poly polyaromatic

R reactor

S sulfur

Superscript

* at equilibrium

2. Experimental

The properties of the gasoil used in the investigation
are shown inTable 1 This straight run gasoil was

courteously
Germany.

supplied by MiRO-Refinery in Karlsruhe,

The bench scale trickle-bed reactor used is of 19 mm
diameter and has a length of 500 mm of which 250 mm
were filled with catalyst (Criterion 424) and a dilu-
ent (SiC), mixed in a ratio of 1:1.25 (v/v). Diluent

Table 1

Properties of feed gasoil

Arabian Heavy

S (wt.%) 1.674
Total aromatics (wt.%) 335

N (wt. ppm) 195

IBP (0.5vo0l.%)—-FBP (95 vol.%) 180-395
Average boiling point {C, 50 vol.%) 337
Density (kg/n?) 861
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diameter is 0.17-0.22 mm in range and catalyst diam- selective pulsed flame photometric detector (Varian
eter is 1.6 mm with 3.5mm in length. The dilution STAR 3400). The hydrocarbons were detected with
with small particles of SiC serves for an efficient ra- a FID. Nitrogen compounds were analyzed by gas
dial heat transfer and a more uniform distribution of chromatography (HP 5890 Series Il Plus) with NPD
the fluid over the cross-section of the reactor. The cat- detector.
alyst was activated in the sulfide form by dosing for Total aromatics were determined by elution chro-
21 h a mixture of gasoil and dimethyl disulfide with a matography (ASTM D-2549). The concentrations
total content of 2.9wt.% of S, while the temperature of aromatic compounds (mono-, di-, polyaromatics)
increased by 10 K/h. After 4 days of operation the cat- were determined from the signals of a gas chromato-
alyst reached a nearly steady state with respect to de-graph mass spectrometer processed by a FORTRAN
activation. Using a metering pump the gasoil was fed program (ASTM D-3239-91). Naphthalenes were de-
together with the gaseous reactant mix consisting of termined from the non-aromatic part of the elution
hydrogen and hydrogen sulfide. Isothermal conditions chromatography by ASTM D-2425-93.
(max. 2K deviation) were secured with four electrical Magnetic resonance imaging (MRI) technique
heaters. was used to investigate the liquid distribution in
The sulfur contents of the samples (before and after the trickle-bed reactor and the wetting efficiency
desulfurization) were determined by an energy dis- of the catalyst particle$4,5]. Two-dimensional and
persive X-ray fluorescence spectrometer (Oxford Lab three-dimensional magnetic resonance images were
X 300). Before measuring, the samples were purged acquired for flow of air and water within the packed
with nitrogen to strip dissolved #5. Sulfur com- bed at atmospheric conditions. For this experiment
pounds and groups were selectively determined with the same dimensions of the trickle-bed column as
high resolution gas chromatography equipped with a well as of the trilobe formed catalyst support material
were used as in the investigations regarding reaction
| kinetics Fig. 1).

Liquid circulation line I

Gas feed line 3. Mathematical model

For the evaluation of the process an extension of the
mathematical model presented by Chowdhury et al.
[6] is used. The model is fully integrated in Aspen
Plus in a User Model Block. The following reactions
and respective rate equations were included.

3.1. Sulfur

/ imaging section
Ar-S+2H, — Ar 4+ HS )

kar—s(car—s) 4 (cp,)®°
(1+ Kn,scH,8)?

)

rAr—S = —

catalyst support bed

The reaction systems for sulfur and nitrogen are well
studied[11]. Due to analytical limitations and to the

large quantity of components in real mixtures some
& . simplifications need to be made to overcome this prob-
4 lem. Reaction orders are estimated from experimental
Fig. 1. Schematic diagram of the experimental set-up for MRI data. Contribution to the hydrogen consumption due
measurements. to hydrogenation of the aromatic rings from pure
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aromatics but also aromatics containing sulfur and
nitrogen will be considered viggs. (3)—(5) Identifi-
cation of these two types of aromatic compounds in
the mixture is not possible with the applied analytical
methods.

3.2. Aromatics

Polyaromatict Hy = Diaromatic 3)
Diaromatic+ 2H, = Monoaromatic 4)
Monoaromatict+ 3H, = Naphthalene (5)

To calculate the hydrogen consumption due to
aromatics’ hydrogenation from the analytical results,
the molecular weight of each group is needed. The
average molecular weight calculated from the re-
sults of the simulated distillation of the oil (ASTM
D2887) are:Mpoly = 278 g/mol, Mp; = 280 g/mol,
Mmono = 284 g/mol.

As no detailed information could be gathered from
the experiments for hydrogenation as well as for dehy-

drogenation/condensation reactions basic rate expres-

sions were used:
Hydrogenation
ri = —kicipy,,
i = ringnumberMono= 1, Di =2, Poly=3) (6)

Reaction orders are; = 1, n2 = 0.5 andnz = 0.5
Dehydrogenation/condensation

rj = —kjcj, j = naphthalene or ringnumber  (7)
3.3. Nitrogen

Ar—N + 2H — Ar + NH3 (8)
rar—N = —knar— (car—n) " (en,) 08 9)
3.4. Hydrocracking

CcygHas + 7Hz = Corack (10)
Ferack = —Kerack(CCygHzg) (11)

The stoichiometrical equation for hydrocracking is
adapted to simulate the experimental hydrogen con-
sumption. The reaction rate is estimated from experi-
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mental results taken from the gas phase from the gen-
erated cracking compounds-&Cg (added in Grack).
Isomerisation is not considered.

Balances are made fortand HS in the gas phase
and for HS and all the other species as per above in
the liquid phase assuming stationary conditions in any
case:

Gas phase: &z <L

d L
e + kiap(c; —¢;) =0 (12)
Liquid phase: O< z < L
[
u—Lt — kll-ap(c;k — c!-) —vippsr =0 13)

dz

At initial conditions gas and liquid are considered to
be in physical equilibrium.

For the mass transfer coefficidqaempirical expres-
sions are taken frorfiL0]. All physical properties are
generated with Aspen Plus (Grayson equation of state
and API correlation). More details about the modeling
can be found irf6].

For modeling the industrial reactor which operates
under nearly adiabatic conditions, a simplified heat
balance is done

dT' v, ARHHDSAreactowbd
dz Ntotalhp,gas—iiquid(T)

(14)

Under industrial conditions pressure drop and total lig-
uid saturation are calculated with the empirical equa-
tions from Wammes et aJ7]. The details of the sim-
ulation in Aspen Plus and the user routine with fitted
kinetic parameters will be available sof#.

4. Results and discussion
4.1. Reactor characterization

The reactor flow behavior was analyzed via resi-
dence time distribution measurements under reaction
conditions. For this purpose a 1.0 wt.% step of Squalan
(2,6,10,15,19,23-hexamethyltetracosarngHsgo) was
added as inert tracer to the gasoil and samples were
taken one per minute. To evaluate the response mea-
surements the dispersion model was used.

The results, exemplified for one set of operating
conditions inFig. 2, confirmed that the trickle-bed
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& Experimental

Bo =400

(c, co)Step

Bo =100

— = Bo=1000

0.0

0.5 1.0

ity

1.5 2.0

Fig. 2. Calculated (lines) response curves for dispersion model for diff@entumbers (Arabian Heavy]’ = 320°C, p = 40bar,

LHSV = 2h™1, 04/ 0 = 200 nf/m?).

with dilution of catalyst is working at near plug-flow
conditions Bo = 400).

To measure the liquid saturation the reactor was

saturation are necessary for a valid extension of the
model.

run under steady-state reaction conditions. The flow 4.2. Results from MRl measurements

of feed to the reactor was halted and the liquid was to-

tally removed from the reactor by drainage and drying
(heated up to 380C and purged under normal pres-
sure with nitrogen for 4 h).

The results reported ifable 2show that the influ-
ence of reaction conditions on the liquid holdup might

In this paper the potential of MRI is presented for
investigating the hydrodynamic behavior of two phase
flow in a trickle-bed. Liquid saturation and wetting
efficiency are quantified from data with a spatial res-
olution of 86ums. An example for the applied data

not be neglected. For the presented model the changeanalysis procedure is illustrated Fig. 3. In order to

in liquid saturationg is not included in the balances.
Measurements of the dynamic and the static liquid

Table 2

Experimental total liquid saturation under reaction conditions
Temperature Pressure LHSV Qgasoil Bh
(°C) (bar) (™1 (m3/m?3)

300 40 2 200 0.6
320 40 2 200 0.56
340 40 2 200 0.54
360 40 2 200 0.5
380 40 2 200 0.46
320 20 2 200 0.61
320 60 2 200 0.5
320 40 1 100 0.49
320 40 4 500 0.63
320 40 2 100 0.55
320 40 2 500 0.54

determine the voidage of a slice, an image was taken
under conditions of zero flow and when the packed
bed had been flooded with watd¥ig. 3a). The ratio
of wetting voxels (“white” voxels), that contain lig-
uid, to all voxels of the whole packed bed gives the
porosity of the catalyst bed. This image is considered
as reference for the calculation of liquid saturation.
For determining the wetting efficienclyjg. 3b was
used as reference image, which was obtained by fur-
ther data analysis frorkRig. 3a to identify all voxels
containing liquid—solid interfaces, i.e. surface voxels.
It shows the maximal wetting efficiencyd = 1),
which means that the catalyst surface is completely
wetted.Fig. 3c shows the same slice &gy. 3a but it
is taken under conditions of trickle flow with a super-
ficial gas velocityug = 11 mm/s and a superficial lig-
uid velocityu; = 0.2 mm/s.Fig. 3d was derived from
Fig. 3c by counting only the surface voxels. The ratio
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Fig. 3. Example of the data analysis procedure for NMR-imaging with water flow: (a) reference image for determining the void space
acquired at zero flow of water; (b) the same slice as (a), only voxels containing liquid—solid contact surface voxels are identified; (c) image
acquired under trickle flow condition for determining liquid saturation= 0.21 mm/s,ug = 11 mm/s; (d) surface voxels at trickle flow.

of the number of wetting voxels iRig. 3c to those in continuously with increasing liquid flow rates. At the
Fig. 3a is the liquid saturation at actual conditions of lowest water velocity, = 0.21 mm/s, liquid satura-
two-phase flow. Analogue, the ratio of the number of tion is 0.08 and reaches 0.3 @at= 2.3 mm/s. How-
surface voxels ifFig. 3d to those inFig. 3 gives the ever, the results of this experiment with water and air
wetting efficiency. would not compare to the results obtained by integral
Table 3reports the liquid saturation and the wet- measurements of liquid saturation under real condi-
ting efficiency measured by MRI for a wider range of tions (Table 2 with a laboratory trickle-bed reactor.
liquid flow rates than those used in the kinetic investi- Therefore, in the future MRI-experiments will be car-
gation with the trickle-bed reactor. It can be seen that ried out with gas and diesel oil at high temperature
liquid saturation and wetting efficiency both increase and high pressure in order to validate the data from
integral measurements.

Table 3

Liquid saturation and wetting efficiency from MRI measurements 4 3, Modeling desulfurization

ug (mmis) 11 11 11 11

u (mm/s) 0.21 0.44 15 2.3 Considering LHSV as an important operating pa-
p 0.08 0.16 021 0.30 rameter the modeling of the desulfurization reactions
% 0.14 0.21 0.31 0.40

and the reactor behavior in the lab scale seems to be
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B Experimental
== Simulation

Xsin %

0.0 0.4 0.8 1.2 1.6 2.0
1/LHSV

Fig. 4. Comparison of measured and calculated total sulfur conversion (Arabian Heavyd20°C, p = 40bar, Qg/ Q) = 200 me/m3,
YH,s,0 = 1.4%).
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Fig. 5. Comparison of the experimental conversions of sulfur and nitrogen: (a) LHRh™1, p = 40bar, Qg4/01 = 200 me/ms,
YHps,0 = 1.4% and (b) LHSV=2h"%, T = 320°C, Qg/ Qi = 200 ¥/m®, y,s0 = 1.4%.
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Table 4
Hydrocracking products from Arabian Heavy gasoil (LHSV2,
p = 40bar, Qg/ Q) = 200 M¥/m?, y,s0 = 1.4%)

Concentration Original 320°C  340°C 360°C 380°C
(wt.%)

Cc,—, 0 0.09 0.10 0.24 0.39
Cey—, 0 0.13 0.12 0.40 0.86
Ccs—cq 0 0.38 0.78 1.46 3.95

quite good Fig. 4). Due to the simplification of the
kinetics used for the sulfur reaction system and the
wide distribution of reactivities, it is not surprising not
to cover the total range of operation conditions.

Comparison of hydrotreatment results of the sul-
furous and nitrogenous compounds show clearly the
latter’s low reactivity and the higher influence of hy-
drogen pressure on the nitrogenokig( 5a and b). For
hydrodenitrogenation the aromatic rings hydrogena-
tion occurs before nitrogen removal. Hydrocracking
results of the gas phase products are givetainle 4

For the conversion of the sulfurous components hy-
drogen has to be spent. Using the model for predic-
tion it should allow to calculate the specific hydrogen
consumptionQw,,oi. Taking the temperature as the
operating parametdfig. 6 shows that the initial hy-
drogen consumption (at 300—340) is dominated by
the reaction of the sulfurous and the aromatic com-
pounds (the contribution of nitrogen is almost 0). The
figures for Qn, 01 for the individual reactions have

E. Pedernera et al./Catalysis Today 79-80 (2003) 371-381

been calculated from hydrogen balances based on the
measured conversions. The model predicts the “nega-
tive conversion” of aromatics above 350. However,

the hydrogen consumption does not decrease in the
same quantity due to the starting of the hydrocracking
reactions.

To perform a process evaluation various cuts from
Arabian Heavy SGO were made and mixtures of them
with LGO (total sulfur of 1700 ppm) which were
individually desulfurized. The sulfur components in
LGO (mainly benzothiophene) react completely and
LGO can be considered like a diluent in the system.
Diluent is used to avoid the generation of large quan-
tities of distillation products needed to realize the
experiments. The fractionation was done in a vacuum
distillation (NORMAG) at 10 mbar with five theoret-
ical plates and./d = 1. The desulfurization results
are summarized ifable 5taking the finally achieved
sulfur content as a criteria.

Obviously, dilution with a light fraction makes
the hydrodesulfurization much easier (upper part of
Table 5, and the bottom product of the distillation
remains hard to be desulfurized.

4.4. Modeling the process

For the simulation the hydrotreating process is con-
sidered in its standard configuratif8]. The recycled
stream of H/H>S is not purified, only the recycle
compression energy is calculated. The scale up factors

45
o 40 etz —o— experimental total H2
'ZE, / P consumption
= 35 s - Calculated total H2
s 30 / consumption
z 25 / —&— Sulfur
c
S .’
g 20 .t / ye =4  ——Nitrogen
7] P
§ 15 |- X
§ /./_\.\ —@— Aromatics
g 10
g_ 5 /./ /X/\ —>— Cracking
I

340
T in°C

Fig. 6. Experimental total hydrogen consumption and contribution

of each reaction on basis of experimental conversion and calculated

hydrogen balance (Arabian Heawy,= 40 bar, Qg/ Qi = 200 m?/m®, yu,s0 = 1.4%).



E. Pedernera et al./ Catalysis Today 79-80 (2003) 371-381 379

Table 5
Outlet sulfur concentrations in ppmS of different fractions and mixtures of an Arabian Heavy gassi#tQ bar, 0g/ Qi = 200 n#/m?®,
YHps,0 = 1.4%)

Fraction Original (ppm S) T (°C), LHSV=2h"1
300 320 340 360 380
90% LGO+ 0-10% SGO 2570 <10 <10 <10 <10 <10
80% LGO+ 0-20% SGO 3820 180 13 <10 <10 <10
65% LGO+ 0-35% SGO 6060 765 115 <10 <10 <10
45% LGO+ 0-55% SGO 9390 3630 1300 250 <10 <10
25% LGO+ 0-75% SGO 12600 6600 3160 870 170 <10
10-100% 17460 9180 5780 2620 940 215
20-100% 17670 10040 6370 2570 710 330
35-100% 17920 11940 8000 3580 1080 405
55-100% 18140 10900 7130 3390 1060 410
75-100% 17730 10960 7490 3540 1200 345
Table 6
. . . F :

Data for the scale up from bench scale to industrial reactor size se0,n ) m T Foua

Bench scale  Industrial scale Conditions Fieo,in —
Meat  0.030kg 172.000 kg LHSW 2h!
L 250 mm 30.000 mm T = 320°C F
dr 19mm 3.000mm p = 40 bar LGO, in
d 02(15mm) 1.5mm Ogas/ Qoil = 400 n¥/m® c
RQ 0.08 11 YH,S.0 = 1.4% ,.9..
Rey 0.15 91 o1 = 620 kg/n¥ Fecomn 3 > Fous
Foi 69g/h 60t/h m = 13x 10"*Ns/n? ’ 3

Isotherm Adiabatic pg = 15 kg/n? aQ

ng = 1.7 x 107N s/m?

from bench scale reactor to the industrial scale used Fi9- _7. AI_ternative process arrangen”!ents: (A) one reacto_r without
are shown ifTable 6 The major Change between the Iractlonatlon and (B) two reactors in parallel with fractionated
. . . L. . . . eeds.

two models is the adiabatic condition in the industrial
reactor (se&ection 3. Table 7shows which type of
information can be obtained by the simulation. The alternative processes iRig. 8 shows that no clear
results will be discussed elsewhggg. benefit is achieved by the fractionation.

Based on the results reported Tiable 5two al- Running the two reactors at different temperatures
ternative process configurations as peég. 7 are and targeting for a product of 500 ppm S a minimal
compared. An example of the evaluation of the two advantage of 3C of the total process is achieved. For

Table 7
Modeling results for the hydrotreating process (Arabian He@fy,= 70 n¥/h, NiMo/y-Al,03, Qg/ Q) = 400 n¥/m®)
Sulfur content of Reactor inlet Pressure Hydrogen consumption Heat+ power consumption
product (ppm S) temperature °C) (bar) (m3 Ha/m?3 oil) of the process (MW)
2000 320 41 36.6 8.8 2.0

500 343 41 48 10.4+- 2.0

350 349 41 50 10.8- 2.0

50 364 41 57 11.9+ 2.2

50 357 61 61 10.1- 2.8
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100
80
—8—45% LGO + SGO 0-55%
. 60
2 JV/ ——55-100%
*n 40 st F out,A
F out,B
20
LHSV =2 h™
0 1 1 1 J
300 320 340 360 380
Tin°C

Fig. 8. Comparison of total sulfur conversion for processes (A) and By @0 bar, 04/ Q) = 200 me/md, YHos0 = 1.4%).

80
/ ——SGO
2 —m— 65% LGO + SGO 0-35%

N
g o —&—45% LGO + SGO 0-55%
3 —¢55-100%
¢ 40 —e—75-100%

20

0 1 L
300 320 340 360 380
T in°C

Fig. 9. Conversion of 4,6-DMDBT in different fractions of Arabian HealddGV = 2h™1, p = 40 bar,Qq/ Q| = 200 n¥/m3, yn,s.0 = 1.4%).

this calculation in process B, one reactor runs with
a mixture of 45wt.% LGO plus a fraction of SGO
0-55% at 340C and the second with the complemen-
tary 55-100% SGO fraction at 36Q whereas the al-
ternative process A runs at 356.

Looking at the conversioiX of one of the most
refractive compounds, 4,6-DMDBT, in different cuts
confirms the inhibition depending on the fraction or
oil matrix (Fig. 9).

5. Conclusion

An extension of the modeling of the hydrotreating

process to simulate hydrogen consumption was suc-

cessfully realized. Simplified hydrocracking and hy-
drodenitrogenation reactions are added based on ex-
perimental results.

Inhibition by the oil matrix was confirmed in
trickle-bed reactors. Only distillation for the genera-
tion of different cuts does not generate a synergistic
effect to reduce the total matrix inhibition. The use of
selective separation (elution) may offer an opportunity
to extract inhibiting components.

MRI has proved to be a useful tool in visualization
of liquid distribution in packed beds. The application
of image analysis allows us to determine the liquid
saturation and the wetting efficiency within the bed.
The long term objective of this work is to develop an
MRI-technique for measuring the distribution and the
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velocity of gas and diesel oil in a trickle-bed under the  [5] A.J. Sedermann, L.F. Gladden, Magnetic resonance imaging
conditions of high temperature and pressure. The re- as a quantitative probe of gas-liquid distribution and wetting
sults from MRI-investigations on hydrodynamics will efficiency in trickle-bed reactors, Chem. Eng. Sci. 56 (8)

) " . (2001) 162—2615.
be used to modify the existing model for hydrotreating [6] R. Chowdhury, E. Pedernera, R. Reimert, Trickle-bed reactor

of middle distillates. model for desulfurization and dearomatization of diesel,
AIChE J. 48 (1) (2002) 126-135.

[7] WJ.A. Wammes, J. Middelkamp, W.J. Huisman, C.M.
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